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Gas Absorption by a Liquid Layer
Flowing on the Wall of a Pipe

WILLIAM H. HENSTOCK

A method is presented for predicting absorption rates for liquid layers
flowing along a wall. It is based on results presently available in the litera- and

ture as well as on the results of studies we recently carried out on the rate
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of oxygen absorption from a flowing air stream into water layers on the

bottom of a horizontal enclosed channel and on the inside of a vertical
pipe. Absorption measurements can be interpreted by assuming that the

University of llinois
Urbana, Illinois 61801

process is controlled by eddies whose length and velocity are characterized
by bulk turbulence properties and that in a region of thickness § close to

the interface the turbulence is dampened by viscosity.

SCOPE

The absorption of a gas by a flowing liquid film, for
which the primary resistance to mass transfer is in the
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liquid phases, is an important commercial process. Kamei
and Oishi (1953), Lamourelle and Sandall (1972), Em-
mert and Pigford (1954), Menez and Sandall (1974),
Stirba and Hurt (1955), Coeuret et al. (1970), Miller
(1949), and Vyazovov (1940) have measured rates of ab-
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sorption for free falling water films. In spite of this large
effort, no uniformly accepted method for the prediction
of mass transfer rates has appeared.

The rate of absorption by a liquid film can be greatly
increased by causing the gas to flow concurrently., Only
limited information is available on the influence of gas
flow. This includes the work by Chung and Mills (1974),
Kasturi and Stepanek (1974), and Banerjee, Scott, and
Rhodes (1970).

In this paper we present a method for predicting ab-
sorption rates for liquid layers flowing along a wall, It is
based on results presently available in the literature as
well as on the results of studies we recently carried out on
the rates of absorption from a flowing air stream into water
layers on the bottom of a horizontal enclosed channel and
down the inside of a vertical pipe. The liquid Reynolds
numbers in these experiments varied from 350 to 7 300 in
the channel and from 280 to 10 600 in downflow. The
range of gas Reynolds numbers was from 5 900 to 38 400
in the channel and from 3 500 to 34 100 in downflow. ..

CONCLUSIONS AND SIGNIFICANCE

For free falling films, we recommend use of the relation
Shy,Sc="% = 0.0077 m+*3/2

to predict the liquid mass transfer coefficient k. In this
equation
mp®

mt =
L

is the dimensionless thickness of the film, and v* is a char-
acteristic friction velocity

Te

v = _—

oL

where 7. = 2/3 7, + 1/3 7
For free falling films, 7, = 2/3 7, and m* is related to
the film Reynolds number by

m* = [(0.707 Re,s*®)5 + (0.0310 Re09)5]020 = 5’

For sheared liquid films, m* is related to film Reynolds
number by

mt = [(0.707 ReLF0.50)2.5 -+ (00379 ReLFO.BO)Z.E]OAO =y

1t is found that under some circumstances this relation can
underestimate the value of Shy for sheared films by as
much as a factor of three and so is a conservative estimate.
The effect of gas flow can be better taken into account by
the relation

ShnSc=% = 0.0077 ¥*2[1 + 1.8 exp (—30F)]

where
vy [/ PL
F = __._;y__l’_ ‘p_.
Regd%

vg PG

Presently available models of the convective motions
close to an interface are not consistent with the observed
influence of liquid and gas flow on the absorptoin rate.
We interpret absorption measurements by assuming that
the process is controlled by eddies whose length and
velocity are characterized by bulk turbulence and that in
a region of thickness § close to the interface the turbulence
is dampened by viscosity. Presently available data suggest
that this region is characterized by the relation 8v°/v =
constant.

For liquid phase controlled absorption, the liquid at
the interface is saturated with the solute. The rate of
absorption per unit area N can then be characterized by
a mass transfer coefficient k1, defined by the equation

N =ki(c* — ¢v) (1)

An examination of the results for free falling films shows
that the data can be correlated by an equation of the form

ShnSc—% = f(Rerr) (2)

Here, Shy, is a Sherwood number using the thickness of
the liquid layer as the length parameter Shy, = kym/D,
and Rerp is the Reynolds number of the liquid layer
Re LF — 4r/ VL.

Our initial effort to correlate measured values of kg
for finite gas flow was to use the above equation derived
for zero gas flow. According to this equation, the influence
of an increasing gas velocity at a fixed liquid flow rate
would appear as a decrease in the thickness of the liquid
layer and a proportionate increase in k. It was found
that under certain conditions the prediction is satisfactory;
however, under other conditions, the prediction of ky
can be too low by up to a factor of three.

AIChE Journal (Vol. 25, No. 1)

In order to take into account the influence of a gas
flow, an additional dimensionless group F was introduced.
This is essentially a modified Martinelli parameter

_ v v/ pL
F= Regd % o o (3)

ve PG
v = [(0.707 Repp*)25 + (0.0379 Reyp090)257040 (4)

This parameter has been used in a previous paper (Hen-
stock and Hanratty, 1976) to correlate measurements
of film height and interfacial drag for annular two phase
flows.

The magnitudes of measured mass transfer coefficients
are much larger in virtually all cases than would be
expected for laminar flow conditions. The convective mo-
tions in the bulk fluid controlling mass transfer, charac-
terized by a velocity v, and a length [,, experience spatial
variation over a distance § from the interface. We find
that assumptions in the literature, either explicit or im-
plicit, regarding l,, v,, and § are not consistent with the
measurements discussed in this paper. Consequently, we
explore a model whereby 0, and I, characterize large
scale disturbances in the bulk, and § characterizes a thin
region close to the interface where the convective mo-

tions are highly damped by viscosity.
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THEORY

Momentum Transport in Wall Layers

Considerable success has been experienced in deriving
an expression tor the thickness of a wall layer by assum-
ing that the variation of the eddy viscosity »r is the
same as what would be experienced by a single phase
flow. The shear stress is related to the velocity gradient
through the relation
av
dy

Henstock and Hanratty (1976) used the van Driest equa-
tion to estimate »r and obtained the following relations
for sheared and for freely falling wall layers on the inside
wall of a circular pipe under fully developed conditions,
respectively:

mt = [(0_707 ReLF0.5)2.5 -+ (0.0379 ReLF0.90)2.5]0.40

(6)
m* = [(0.707 Re95)5 + (0.031 Re509)519%0 (7)

The friction velocity in the above relation is defined as

o=\ ®

where . is an average shear stress in the layer defined as

2 1 d
T¢=Tw(1—"—-ﬁ- ————me[-—l—'__E.\_l_g]

(3)

. (v + v1)
P

3 d‘ 3 PL dZ
(9)
Form/di— 0
2
Tcz‘é""w‘*"siﬂ (10)
For free falling liquid layers
2
Te = \/E-pLgm (11)
and
2
3/2 2
ma\/ 2
mt=e—m (12)
14

Equation (6) is found to fit experimental data for sheared
liquid layers covering a Reynolds number range of 20
< Rerr < 16 000. Equation (7) for free falling lavers
agrees with the relations developed by Brauer (1956)
and by Feind (1960) at large Rerr and with Nusselt’s
(1916) relation at small Repp.

vorfl
voordgpb——————- s
|
}
|
|
|
|
i
8 y
Fig. 1. Fluctuating velocity and mixing length profiles.
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Prediction of the Height of the Wall Layer

Equation (6) is inconvenient to calculate the height
of a sheared wall layer since the shear stress at the
interface r; needs to be known.

Henstock and Hanratty (1976) have developed a rela-
tion between the friction factor characterizing the gas
flow over the roughened liquid interface and the dimen-
sionless group F defined in the introduction. By using
this relation to eliminate 7; from (6), the following more
useful equations were developed for the height of a
sheared wall layer under fully developed conditions:

6.59 F
2 _ (13)
d: (14 1400 F)%
for vertical flows.

Motivation for the Method of Analysis

The interpretation of the mass transfer data has been
motivated by the success which Henstock and Hanratty
(1976) have experienced in using eddy viscosity con-
cepts to describe momentum transter in wall films over
the range of liquid Reynolds numbers considered in this
paper. 1he basic concept is to scale the convective mo-
tions responsible for momentum transfer in the same way
as has been done for single phase turbulent flow in a
channel or pipe. Such an approach has been used quite
successfully to describe heat transfer in liquid tilms
(Davis, Hung, and Arciero, 1975; Rosson and Meyers,
1965; Dukler, 1959; Hewitt, 1961). Consequently, in
evaluating different theoretical approaches for describing
gas absorption, we assume that the length and velocity
of the convective motions close to the interface scale
the same as for single phase turbulent flows.

Furthermore, the successful treatment of momentum
transfer and heat transfer without taking special account
of the large wave structure suggests that this also be
done in correlating mass transter data. A number of
experiments support this approach. For concurrent flow
in a horizontal channel, there is a large range of flow
conditions for which no roll waves exist. For the experi-
mental data reported in this paper, the same correlation
for film height and for mass transfer coefficients held
regardless of whether roll waves exist and no dramatic
change in height or in mass transfer rate was noted at
the transition to roll waves. Similar results have been
obtained by Davis (1975) in his heat transfer studies.
This approach implies that the convective motions at
different locations in the film are approximated by making
a pseudo steady state assumption. It also implies that
if the convective motions responsible for heat, mass, and
momentum transfer are controlled by wave properties,
then these should be characterized by the small waves
riding on the roll waves and not by the parameters
describing the roll waves.

Using the viewpoints expressed above, we could not
find any theory in the literature capable of interpreting
our mass transfer results. We have been lead to the
conclusion that a basic failing of all of these theories
is that they use a single length scale to characterize the
convective motions. We suggest that at least two length
scales are needed, one to characterize the convective
motions I, and another to characterize the thickness of
a damped region close to the interface 3.

A Model for the Mass Transfer Process

In an analogous way to momentum transport, convec-
tive mass transport can be characterized by an eddy
diffusion coefficient D;. The rate of mass transferred per
unit area is given as

N=-—(D+Dt>7";— (14)
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where D; is a function of y. The form of Dy is usually
taken to be

D, =ay" (15)

Son and Hanratty (1967) have shown that for this case
the resulting mass transfer coefficient is

n—1

k,,=la1/nsin(l)n( » (16)
” n

This particular form of D, is sometimes justified as being
the first term in a Taylor series expansion of a more
complicated function of y. In the region of interest near
the interface, y is small, and only the first term is nec-
essary.

The mass transfer process may be pictured as occurring
in much the same way as the momentum transfer process
described by Prandtl in his formulation of the mixing
length model. A discrete packet of fluid moves a distance
l in the y direction, with a velocity v, to a position where
the bulk concentration differs by an amount Ac. The
effective diffusivity (or eddy diffusivity) resulting from
such a transfer can be shown to be

D, ~ ol (17)

The velocity v is taken to be given by the root mean
square of the velocity fluctuations in the y direction; / is a
mixing length characterizing the mass transfer process.

These two scales will be functions of y. Based on
measurements in single phase flows, their values in the
bulk of the flow can be expected to be approximately
constant v = v, and I = [,. Across some region near the
interface with a thickness §, they will be damped from
their bulk value to zero. Considerations of continuity
suggest that the damping of v very near the interface
should be linear. By analogy to momentum transfer, the
damping of I may also be taken to be linear, The profiles
of v and ! would then be as given in Figure 1..For high
Schmidt numbers, the concentration boundary layer will
be much thinner than §, and the limiting value of v
and ! close to the interface can be used

Vo

v~ Y (18)

l
1~ =2 19
5 Y (19)

and

The resulting form for D, is then
Volo
52

Thus, parameter a is directly proportional to v.l,/8?, and

Dt~

y? (20)

kz.~( o.,;:D )% (1)

Note that this formulation is given in terms of three
independent parameters: v,, l,, and 8 An alternative
formulation would be to use the length scale 8, velocity
scale v,, and a time scale

r= la/ Vo (22)
The expression for k;, then becomes
v2rD Ya
ke~ ( - ) (23)

This is not a fundamentally different formulation, but
it is merely defined in terms of different variables.

We now exploit the assumption that convective mo-
tions in the fluid can be characterized in the same way
as turbulence properties for a single phase flow. The
scales v, and I, then characterize the turbulent viscosity
predicted by a single phase relation, such as the van
Driest equation, at a distance from the wall equal to m.
This type of argument supports the choices of

v ~ 0*° (25)

for the characteristic length and velocity of the convec-
tive motions close to the interface. A comparison of the
correlations developed from suggested models (Table 1)
with the measurements for freely falling layers indicates
that none of them properly takes into account the influence
of liquid Reynolds number.

Consequently, we explored a method for estimating the
thickness of the region over which the convective motion
is dampened, 8, that had not previously been suggested. If
this damping is due completely to viscosity, then

8 = f(vo lo,v) (26)

The results on free falling layers would be consistent
with the above interpretation if § is assumed independent
of l,. Then

% = constant (27)

If (25), (28), and (28) are substituted into (22), the
relation for the mass transfer coefficient becomes

3mD \%
kz.~(o: ) (28)

In dimensionless terms

TABLE 1. CoMPARISON OF Mass TRANSFER THEORIES

Worker lo Vo
Levich, Davies - v®
Banerjee, Scott, and Rhodes a ( % ) c
Lamont and Scott; King be Ok
Fortescue and Pearson Macroscale Intensity
This work m v®
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® \3/2
Shm ~( m ) St (29)

v

The group mo®/v is a dimensionless film thickness usu-
ally denoted as m*, so that

Shy, ~ m*3/28c% (30)

Other Models for the Mass Transfer Process

A comparison of this method of interpretation with
other approaches is summarized in Table 1. The surface
renewal models evidently implicitly assume that § ~ l,.
In terms of the characteristic time 7 defined above

r~(2)" (31)

This time r may therefore be associated with the average
surface age, or the rate of surface renewal. No methods
for applying the surface renewal models are usually given.

Fortescue and Pearson (1967), Lamont and Scott
(1970), and Banerjee, Scott, and Rhodes (1970) model
the convective motions as arrays of roll cells at the
liquid surface. All are equivalent to using an eddy diffu-
sivity model, with § taken to be equal to l;, and with v,
and I, as the characteristic velocities and lengths of the
eddies. Fortescue and Pearson estimated v, and [, from
the macroscales of the flow, while the others took them
to be given by the scales of the dissipative eddies.- King
(1966) developed his model in terms of an eddy diffu-
sivity, but it appears to be equivalent to the small roll
cell model of Lamont and Scott.

A number of authors have considered the influence
of regular waves on mass transfer (Ruckenstein and
Berbente, 1968; Javdani, 1974). These analyses predict
a much smaller enhancement of the mass transfer rate
than is observed in the experiments discussed in the
paper and are applicable to films flowing at lower Rey-
nolds numbers, Banerjee, Rhodes, and Scott (1967) con-
sidered the Reynolds number range of interest in this
paper by describing convective motion near the inter-
face as cellular motions due to irregular waves, According
to this model, [, ~ (a/\)\, v, ~a/hc,and § ~ 1,

Levich (1962) and Davies (1972) assume that the
damping near the interface is due to surface tension, and so

a

(32)

land

PO

In turn, they take I, = §, but v, is assumed to be given
by the friction velocity v*.

In order to compare these models, it is necessary to
estimate the Kolmogorof scales of the dissipative eddies
and the wave parameters. The former are given by

n=(2)" (33)

€
and
U = (ve)’/" (34)

The dissipation term can be estimated by
3

L

(35)

€ r~

as suggested by Brumfield, Houze, and Theofanous
(1975). The wavelength is estimated by A\ ~ m and ¢
~ Up. The forms for kg, and Sh,, which result from these
estimates are shown in Table 1. While somewhat different
ways of estimating e, A, and ¢ are possible, the results
would not be too different.

This table points out that the models used are basically
similar. The apparent differences arise from three sources.
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First, some authors work with a characteristic time rather
than a length, Second, most take & = I, limiting the
number of independent parameters. Third, the methods
of application differ, depending on whether large eddy
motions, small eddy motions, or wave motions are thought
to be controlling the mass transfer process. All the
theories predict dependence on diffusivity to the one half
power, so the result cannot be differentiated on that point.
However, the predicted dependence of Shn, on m* is
quite different, with the largest predicted dependence
being the method proposed in this paper.

Brumfield, Houze, and Theofanous (1975) have recog-
nized in a direct way the intermittent nature of the flow
in falling films in their interpretation of mass transfer
results. They used a Fortescue and Pearson model to
describe mass transfer to the roll waves, assuming v, =
v*® and l,/m = 2 000/Re. Mass transfer to the base film
was described by a surface renewal theory, where the
renewal rate is related to the velocity and spacing of
the roll waves. They used wave parameters measured
by Telles and Dukler (1970) to calculate mass transfer
rates. Their predictions agree with measurements for
1200 < Re < 3800 but are higher at Re = 5700. We
did not use a similar approach because of the reasons
cited previously. In addition, the physical justification
for the assumed relation for I, and for ignoring the in-
fluence of convective motions in the base film is not
apparent to us.

EXPERIMENTAL

Mass transfer coefficients were measured for two different
flow configurations. One of these was a horizontal rectangular
channel, which has been described in detail by Miya (1970).
The channel was 1 in, high by 12 in. wide and approximately
32 ft long. The liquid flowed along the bottom wall, and air
flowed concurrently above the liquid. The drag of the air on
the liquid provided the force for motion of the film. For mass
transfer studies, the liquid used was taken from the house water
supplies, run once through, and discarded. Flow rates were
measured with one of two calibrated rotameters. Air was sup-
plied by a large blower and flow rates measured by a series of
calibrated orifice plates.

The other flow loop used had a vertical inch diameter pipe
approximately 30 ft long. The air and water flowed concur-
rently downward. Again, house water was run once through
and discarded, and flow rates were measured with two cali-
brated rotameters. Air was supplied by another blower and
flow rates measured with a series of calibrated orifice plates.
The section of the equipment in which mass transfer measure-
ments were made was fabricated from nominal 1 in. ID Plexi-
glas tubing. The liquid entered the pipe through an adjustable
annular slot at a 30 deg angle to the direction of flow in order
to minimize entry disturbances.

Mass transfer coefficients were measured in the same way in
both experiments. Since the house water was found to be oxy-
gen poor, the rate of oxygen absorption from air was measured.
The liquid film was sampled at two points by inserting 18 gauge
hypodermic needles through the equipment wall at a 45 deg
angle to the direction of flow and facing into it. Samples were
withdrawn continuously and run through epoxy cells containing
Beckman polarographic oxygen electrodes. By throttling the
sampling lines, it was possible to obtain air free samples with
a minimum disturbance to the liquid film. To ensure that the
samples were representative of the bulk concentration of the
film, dye was injected through a very small hole in the equip-
ment wall. Only those flow conditions for which the dye mixed
completely with the film within a few inches were studied. In
addition, the sampling needles were traversed as far as pos-
sible through the thickness of the film without breaking the
surface for a few cases. No measurable concentration gradient
was found, indicating the film was well mixed.

By measuring the change in concentration between two
points, the flow rates and the distance between the points, a

AIChE Journal (Yol. 25, No. 1)
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Fig. 2. Shy, as o function of m+, free-falling film data.

mass transfer coefficient could be calculated. The positions of
the sampling probes were picked such that a significant change
in concentration occurred, but the downstream concentration
did not too closely approach saturation. Within these con-
straints, the positions of the probes were varied as widely as
possible to check for effects of length. The area for mass trans-
fer was taken as that for a smooth film. Thus, the reported
mass transfer coefficients include some effect of area increase.

CORRELATION OF RESULTS FOR FREE FALLING FILMS

The data for free falling liquid films are shown in
Figure 2, plotted as ShnSc™% vs. m*. The range of
variables covered in these investigations is summarized
in Table 2. The value of the film thickness m was cal-
culated as outlined above. The friction velocity used is
the characteristic friction velocity developed from con-
sideration of two phase flows. For free falling films, it

is given as
0 = \/—2 SR
b =
3 oL

so that m+* is given by m+ = 4 (Rerr), again as outlined
above. For clarity, each set of data is represented by a
single line so the actual scatter in the data is considerably
more than it might appear,

Considerable differences among the workers are noted.
However, over the range of m* covered, it appears that
the data can be represented well by

(36)

ShnSc—% = 0.0077 m*3/2 (37)

This is indicated by the solid, heavy line in the figure.
The data of Kamei and Oishi appear to be higher than
the rest at lower values of the Reynolds number. A pos-
sible explanation for this will be discussed below.

Note that because m* is a unique function of Rey,
this relation can be written in terms of the more com-
monly used variables as

ShnSc—% = 0.0077 4/3/2 (38)

If all terms in Repr are collected to one side, this takes
the form
ky, v 1/6

178 PD1/3
gi3D

This rather odd function of Reynolds number is a curved
line, even when plotted on logarithmic paper.

The observation that the bulk of the data are well repre-
sented by a relation proportional to m*3/2 lends support to
the ideas that large scale motions are controlling in the
mass transfer process and that 8 is given by Equation (28).

INFLUENCE OF GAS VELOCITY

Our measurements of mass transfer coefficients for free
falling films are shown in Figure 3. The curve represents
Equation (37), developed from data in the literature. The
measurements agree quite well with this correlation. This
agreement indicates that our measurement technique is
accurate,

The measurements for concurrent downward flow and
for concurrent flow in the channel are shown in Figures 4
and 5, respectively. The predicted values of Shy, are some-
what different for these cases than for free falling films be-
cause the relation between m* and Repp for concuwrrent
flow is

m* = [(0.707 Rep )25 + (0.0379 Reyz9-90)25]040
(40)
Thus, the predicted relation for Sh,, for this case is
ShmSc™*% = 0.007715 (41)

which predicts somewhat larger values of Sh, than the
free falling case. Equation (41) is shown in Figures 4 and
5

= 0.0067 y/5/8 (39)

It can be seen that all of the measurements of Sh,, with
a concurrent gas flow are as large as or larger than pre-
dicted by Equation (41). This same type of behavior has
also been noted in the data of Chung and Mills (1974)
and of Kasturi and Stepanek (1974). See, for example,
Figure 6. Equation (41), therefore, represents a conserva-
tive estimate of the values of k., for systems with gas flow.

TAsLE 2. EXPERIMENTAL CONDITIONS, MAss TRANSFER RESULTS

Flow
Worker configuration
Kamei and Oishi 4.76 cm pipe

Channel at 7.5 deg slope
Outside of 1.59 cm rod

Oliver and Atherinos
Lamourelle and Sandall

Emmert and Pigford 2.54 cm pipe

Stirba and Hurt 2.16 cm and 2.54 cm pipes
Menez and Sandall Outside of 1.59 ¢m rod
Coeuret et al. 0.4 cm pipe

Miller Not reported

Vyazovov Channel at 17.5 deg

This work 2.54 cm pipe

All workers used water as the liquid phase.

AIChE Journal (Vol. 25, No. 1)

Length Solute Range of Rerr
250 em CO2 300-30 000
96.5 cm CO; 100-1 200
91.5-183 cm Og, Hs, He 1 300-8 000
114 cm 03, CO2 250-1 000
91.5 cm, 194 em COs 280-3 750
183 cm CO; 2 100-10 000
Not reported CO2 700-9 000
73.2-116 cm (0)) 100-3 000
37.5-73.2 cm CO; 100-900
90-210 cm Oz 340-10 900
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Fig. 3. Oxygen transfer data for free-falling films.

The measurements shown in Figures 4 and 5 indicate
that the mass transfer coefficients approach the value pre-
dicted from consideration of free falling films with de-
creasing gas Reynolds number or increasing liquid Reyn-
olds number. Since the dimensionless group F varies
roughly as the ratio of liquid to gas flow rates, this sug-
gests itself as an appropriate variable with which to cor-
relate the increase in Sh,, caused by the presence of a gas
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Fig. 5. Concurrent mass transfer data, horizontal channel.
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Fig. 6. Increase in Shy as a function of F, vertical flows, including
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Fig. 4. Concurrent mass transfer data, downflow.

flow. This is shown in Figures 6 and 7 for vertical flows
and for flow in the horizontal channel, respectively. The
data for Chung and Mills and of Kasturi and Stepanek are
also shown in Figure 5. Here the ordinate I is the ratio of
the measured values of Sh, for finite gas flows to that
which would be predicted from Equation (41). At large
F, the ratio I approaches a value ot unity, while at small
F it appears to approach a value of approximately 2.8.
These results can be correlated by the following empirical
fit to the data:

(42)

ShnSc=% = 0.007715[1 + 1.8 exp (—30F)] (43)

It should be emphasized that this correlation is empirical
and that the choice of functional dependency on F has no
theoretical foundation.

For a given flow configuration, and for high velocity gas
flows, the ratio of film thickness to pipe diameter is a func-
tion of only F. Equation (43) can then be put in a some-
what more convenient form by dividing by m/d. Then

1+ 1.8 exp(—30F)
m/d ] (44)

where Shy = kpd;/D. For vertical flow in a pipe, for in-
stance

I=1+ L8exp (—380F)
or

ShySc™% = 0.007715 [

6.59 F
— = (45)
d, T+ 1400 F
and
Shdsc_‘/i
. —_ \/_—_'
:0.00771-5[ [1+ 1.8 exp(—30F)]/I L1400 F ]
6.59
(46)
\oH —— ey —— S
b ]
1 llIlllLo

Fig. 7. Increase in Shy, as a function of F, horizontal channel.
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= 0.007713 g(F) (47)

INTERPRETATION OF RESULTS ON THE INFLUENCE OF
GAS VELOCITY

According to the theory developed above, the influence
of a concurrent gas flow would be felt through its influ-
ence on v, and l,. Thus, for a given liquid Reynolds num-
ber, an increase in gas flow rate should cause a decrease
in the film thickness m and a proportionate increase in the
mass transfer coefficient ki, keeping the value of Sh,, con-
stant. This was found experimentally to be only approxi-
mately the case, with k, increasing somewhat more rapidly
than m decreased.

A possible reason for this discrepancy may be the way
that [, and v, are scaled with bulk flow parameters. In this
analysis, it was assumed that I, was related to m, and v,
was related to v* by constant proportionality factors. Now,
from measurements in single phase flows, it is known that
the mixing length near the wall is proportional to distance
from the wall, the proportionality given by von Karman’s
constant. In the center of the pipe the mixing length is
approximately constant; Schlichting (1968) indicates (p.
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569) that it reaches a value of about 0.14 times the pipe
radius. If a similar profile exists entirely within the film,
the value of I, would be approximately 0.14 times the film
thickness. This might be expected to hold for free falling
films, which would not see any effect of the gas core.

For a high velocity gas flow, however, the mixing length
profile must extend across the entire pipe. .Since the linear
region extends out to about one tenth of the diameter, all
liquid films would be completely in that portion of the
profile. The value of I, would then be roughly 0.40 times
the film thickness. In both cases, [, is proportional to m,
but proportional by different factors. This is illustrated in
Figure 8.

Similarly, measurements of the y component of the
fluctuating velocity presented by Hinze (1959, p. 521)
show that near the center of the pipe v, =~ 0.03 v*, where-
as near the wall v, ~ 0.04 v*. Thus, v, would also scale
with v* somewhat differently for free falling and highly
sheared films. Since

EAY
ky ~ (" - ) (48)

for § given by »/v,, the expected change in k; would be
of the order of

( 0.04 )8/2 ( 040\% o
0.03 014/ ~°

This is approximately what is found. In addition, this
analysis predicts that the effect of gas flow rate should
reach an upper limit and not increase indefinitely, which
is also found. ’

INFLUENCE OF FLUID PROPERTIES AND OF
ATOMIZATION

It should be emphasized that all of the data analyzed in
this paper were obtained using water as the liquid phase
and were under conditions of little or no atomization. Al-
though, as reported in the thesis by Henstock (1977),
small rates of atomization have no significant effect on the
mass transfer rate, there might be an effect at high rates
due to associated disturbances of the liquid layer. Results
with other liquids and for higher rates of atomization are
needed in order to test the generality of the proposed cor-
relation.

One of the reviewers of this paper has called to our at-
tention the recent work by Chung and Mills (1974) in
which the influence of liquid viscosity on the absorption of
carbon dioxide was examined. The viscosity was varied
twofold by varying the temperature of water and threefold
by adding glycol to water. The comparison of these results
with the correlation proposed in this paper is inconclusive.
Good agreement is obtained with the water data at dif-
ferent temperatures except Rerr < 90, where their results
appear higher than those of other investigators. As with
their water data, no significant effect of viscosity variation
is noted in the runs with glycol solutions, if plotted as
Sh Sc—% vs. Repp. However, in these runs the mass trans-
fer measurements could be 509 higher than the proposed
correlation at large Reynolds numbers. This was true even
for the experiment with only 5% ethylene glycol for which
the kinematic viscosity is 1.30 X 107¢ m?/s, and the sur-
face tension is very close to that for water.

CLOSURE

This paper presents a method for predicting the effect
of gas flow on absorption into a wall layer, It gives a gen-
eral correlation of data for water films both with and with-
out concurrent air flow. In deriving this, we found that
none of the methods of correlation proposed in the litera-
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ture were adequate. This comparison leads us to the con-
clusion that all present theories are lacking because they
use only a single length or time scale. At least two length
scales will be needed. We use a method to correlate the
data which uses separate length scales to characterize the
disturbances close to the intertace and the region of damp-
ing close to the interface. The theoretical implications of
the method used to correlate our data could be more in-
teresting than our presentation of a much improved design
relation. Consequently, some further discussion of this
theory seems appropriate,

The convection motions controlling absorption could be
associated with irregular waves at the intertace, or due to
turbulence generated by the shear layers close to the wall.
We have been encouraged to characterize them over a
wide range of Reynolds numbers by using turbulence con-
cepts for single phase flow because of the success of this
approach in characterizing momentum transfer, However,
we recognize that the interpretation which we presented
for presently available results is probably not unique. In
fact, presently available measurements cannot distinguish
whether waves or turbulence are the controlling factors so
long as the existence of a damped region close to the in-
terface is recognized.

The suggestion of the existence of damping close to an
interface is not novel. Literature dating back to 1930 can
be cited which suggests the importance of such a region
in controlling absorption rates (Davis and Crandall, 1930;
Kanwisher, 1963; Boling, 1960; Kraus, 1972). It would
appear noncontroversial that such a region exists. Its im-
portance would depend on whether the thickness of the
concentration boundary layer § is of the order of or less
than 8. From the data shown in Figure 3, we estimate for
S¢ = 900 that §./m = 1/30 at Rerr = 1000 and that
8./m = 1/300 at Rerr = 10 000. Consequently, it appears
that (30) cannot be used at Reynolds numbers much
smaller than investigated in this research, since the esti-
mated §./m would be much too large for the proposed
theory to be valid.

At present, no theory exists to estimate §, mainly be-
cause the kinematics of the convective motions close to
the interface are not known. In general, one would expect
that 8 = f(v,, Lo, », interfacial properties). If the kine-
matics were understood, the equations describing the
velocity field close to the interface could be written.
These equations would have viscous terms whose impor-
tance would vary with distance from the interface but
would include no terms involving interfacial properties.
These would appear in the solution of these equations
through the boundary conditions. Since viscosity would
be responsible for the actual damping, we expect this
to be the primary effect. Consequently, in estimating 8
we have initially ignored the influence of surface prop-
erties.

Another problem with the theory which is of some
concern to us is the use of a mass transfer-momentum
transfer analogy. Although a relation between eddy dif-
fusivity and eddy viscosity is never formally stated, the
eddy diffusivity is based on a characteristic velocity and a
characteristic length which have been found to represent
momentum transfer, The scales which best characterize
mass transfer need not be the same as for momentum
transfer, since they could be related to the structure of the
concentration field as well as the velocity field.
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NOTATION
arr = area liquid film per unit length
A: = tubearea
c = concentration of solute; wave velocity
¢* = concentration of solute at the interface
¢» = Dbulk concentration of solute
D = mass diffusivity
D; = turbulent diffusivity
d. = tube diameter
F = dimensionless group characterizing two phase
flow,
Fe—t P~/ Pr
Rec®® ¢ oG
I = increase in Shy, due to effect of cocurrent gas flow
ky, = mass transfer coeflicient for the liquid phase
l = length scale of velocity fluctuations
I, = length scale of velocity fluctuations in the bulk
of the flow
m = film thickness
m* = dimensionless film thickness, m* = mo*/y,
N = mass flux of solute
Rerr — Reynolds number of the liquid film, Repr = 4T/v,
S¢ = Schmidt number, S¢ = v./D
Sh,, = Sherwood number based, Sh,, = k,m/D
V. = Superficial liquid velocity = W1/pA,
v = velocity fluctuation in the radial direction
U, = velocity fluctuation in the bulk of the flow
v* = friction velocity, v* = \/7./pL
y = spatial coordinate normal to average direction of

flow, y = 0, corresponds to the gas-liquid inter-
face

Greek Letters

T = surface tension
r = volumetric flow rate of liquid per unit of wetted
perimeter
7 - .a
vy = functions of Rew,

Y= [(0707) Repp059)25
+ (0-0379 RQLFO.90)2,5]0.40
¥’ = [(0.707 Res"%°)® + (0.0310 Re0)]°2

8 = thickness of the region near the interface over
which velocity fluctuations are damped

€ = rate of dissipation of turbulent energy per unit
mass

ve = gas kinematic viscosity

A = wavelength

vy, = liquid kinematic viscosity

vy = coeflicient of eddy kinematic viscosity

pc = gas density

oL = liquid density

v = shear stress; also, time characteristic of velocity
fluctuations

7o = characteristic shear stress:
1e=2/87,+ 1/37, for m/d;

7, = interfacial shear stress

7w = wall shear stress
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Residence Time Distributions of Paper Pulp
Slurries in Vertical Laminar Flow

The hydrodynamic behavior of paper pulp slurries in vertical laminar
flow has been observed and modeled. Radiotracers were used to tag both the
liquid and solid phases of slurries flowing in 4 and 30 cm pipes. Residence
time distributions were determined for each phase and were used to derive
and compare several flow models. A model consisting of a central core in
plug flow circumscribed by a clear Newtonian annulus provides a good rep-
resentation of the observed slurry behavior. Correlations between the model
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parameters and the Reynolds number and slurry consistency are presented,
and implications of the results on the design of slurry flow reactors are

discussed.

SCOPE

Modeling a slurry flow reactor involves the direct or in-
direct specification of the residence time distribution of
the solid phase. Under different conditions, the slurry may
be treated either as a homogeneous or a heterogeneous
fluid; when the solid and liquid phases move together,
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the slurry can be dealt with as a single non-Newtonian
liquid, while if slip occurs, the existence of separate phases
must be explicitly taken into account.

The observation of a slurry flow using tracers is one
way to determine how closely heterogeneous and homo-
geneous models approximate reality. Flow patterns can be
observed by means of residence time distribution mea-
surements; however, since the behavior of the phases may
be different, each phase must be tagged separately.
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